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Abstract

The effect of gas velocity on the average and local heat transfer coefficients between a submerged horizontal tube
(25.4 mm-OD) and a fluidized bed has been determined in a fluidized-bed-heat-exchanger (0.34 x 0.50 x 0.6 m-high) of
silica sand particles. The heat transfer coefficients and the properties of bubble and emulsion phases were simulta-
neously measured at the same location around the tube circumference by thermocouples and an optical probe. The
average heat transfer coefficient (/,y,) exhibits a maximum value with variation of gas velocity (U,). The local heat
transfer coefficient (4;) exhibits maximum values at the side of the tube (0°). Bubble frequency (f,) increases and the
emulsion contacting time (f.) decreases with increasing U,. The A; increases with increasing f;, and decreasing ¢.. The f,
exhibits higher values and ¢, is shorter at the bottom (under each side) than those at the top section of the tube. The ¢,
and bubble fraction (J,) have been correlated with Froude number. The predicted /4y, values of small particles based on
the packet renewal model and the emulsion contacting characteristics around the tube well accord to the experimental

data.
© 2002 Elsevier Science Ltd. All rights reserved.

Keywords: Fluidized bed heat exchanger; Heat transfer; Horizontal tube; Bubble property; Optical fiber probe

1. Introduction

Fluidized beds have been widely used in heat recov-
ery processes because of their unique ability of rapid
heat transfer and uniform temperature. Fluidized bed
heat exchangers (FBHEs) are employed to enhance heat
transfer capacity in atmospheric and pressurized circu-
lating fluidized bed boilers [1]. Heat transfer from hot
solids to the heat exchanger surface in the bed is
achieved by using in-bed tubes and/or water-walls. The
bed-to-surface heat transfer coefficients are needed to
design FBHE, where temperature control plays an im-
portant role.

Heat transfer between submerged surfaces and fine
particles in fluidized beds is affected by local properties
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of emulsion and bubble phases that contact the heat
exchanger surface, so that these properties are needed to
determine the contact dynamics at the tube surface as
input data to heat transfer models. Many investigators
have examined the emulsion phase contact dynamics at
the tube surface using temperature [2], pressure [3-5]
measurements or capacitance probe method [6,7]. Al-
though the correlations to predict the emulsion and
bubble properties for heat transfer model of the vertical
tube systems have been reported but the results of the
horizontal tube system in gas-fluidized beds are rela-
tively sparse in the literature.

In this study, the effect of gas velocity on the average
and local heat transfer coefficients between a submerged
horizontal tube and the fluidized bed has been deter-
mined in a FBHE of sand particles. The relation-
ship between the bubble or emulsion properties and
the heat transfer coefficients has been determined from
thesimultaneous measurements using a heat transfer
tube with an optical probe. The correlations of bubble
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Nomenclature

A I-(projected area of tube/bed area) in Eq.
(3)

Aube surface area of tube (m?)

Ar Archimedes number, d>p,(p, — p,)g/ i’

B; contacting time of individual bubble phase
(s)

Ce emulsion heat capacity (J/kg K)

Cpq heat capacity of gas (J/kg K)

Cps heat capacity of solid particles (J/kg K)

D tube diameter (m)

d, mean diameter of particle (m)

E; contacting time of emulsion phase (s)

h bubble frequency (s7)

fe emulsion phase frequency (s™')

G superficial mass fluidizing velocity (kg/m? s)

Gr minimum mass fluidizing velocity (kg/m?s)

g acceleration due to gravity (ms—2)

h heat transfer coefficient (W/m? K)

Rave average heat transfer coefficient (W/m? K)

huottom  heat transfer coefficient in tube bottom sec-

Nu Nusselt number, id,,/k,

Nut Nusselt number based on tube diameter,
hD/k,

Nup  Nusselt number in tube top section, hd,, /k,

P center-to-center distance of adjacent tubes
(m)

Pr Prandtl number, Cyou/k,

0 heat transfer rate (W/m?)

Re Reynolds number of particle, Uyp,d),/u

T bed temperature (K)

Ty temperature of tube surface (K)

ty root-square-average contacting time of
bubble phase (s)

te root-square-average contacting time of
emulsion phase (s)

U, gas velocity (m/s)

Ut minimum fluidization velocity (m/s)

V electric voltage (V)

Greek symbols

tion (W/m?K) g absolute average percentage deviation
hy heat transfer coefficient of bubble phase (W/ (?2 root-mean-square percentage deviation
m’K) Op bubble fraction
h; local heat transfer coefficient (W/m?K) fe irsiglsloeno?};?;gg;tl(oI;Cke t
Pimax maximum heat transfer coefficient (W/m? K) 'e 1cag .. pacxet
7 electric current (A) Emf voidage at minimum fluidizing state
k. thermal conductivity of emulsion phase (W/ Po equivalent thickness of gas film around the
¢ mK) contact points between particles
kg gas conductivity (W/m K) ¢S ifﬁilift(oraé’lfe%a rdtg;t (kg/m?)
ks thermal conductivity of solids particle (W/ Pe b 3 y
mK) Pe gas density (kg/m?)
N data number Py apparent density of solid particle (kg/m?)
fraction and the emulsion contacting time are proposed
for the heat transfer model application. A model is
0.48m

proposed to predict the average heat transfer coefficients
in the bed of small particles with variations of gas ve-
locity and the particle properties based on the packet
renewal model and the emulsion contacting character-
istics around the tube.

2. Experimental

Experiments were carried out in a FBHE made of
transparent acrylic plate (0.34 x 0.48 x 0.60 m high)
as shown in Fig. 1. The wall of FBHE was designed
to accommodate a steel tube bundle (each pipe:
0.34 m length x 25.4 mm OD). The tube bank and the
position of the heat transfer probe is also shown in Fig.
1. The tube bank was designed in a triangular pitch

@ Heat transfer probe

0.38m

0.07m

~ 25.4 mm tube
0.10m|

0.08m 0.08m

Fig. 1. Schematic diagram of the FBHE.
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Table 1
Physical properties of particles in present and previous studies

401

Author Tube diameter (mm) Particles d, (pm) p, (kg/m?) Upy (m/s) Cps (J/kg K)
This study 25 Sand 240 2582 0.048 710
Sunderesan and Clark [3] Sand 317 2749 0.084 790
50 Sand 483 2749 0.184 790
Abrasive 535 2855 0.227 790
Glass bead 467 2500 0.176 670
Doherty et al. [27] 28.6
50.8 Glass bead 270 2490 0.06 670
76.2
Grewal and Saxena [28] 12.7 Sand 167 2670 0.027 800
28.6 Alumina 259 4015 0.104 766

(pitch length = 0.08 m) based on a previous study [§].
The first row was installed 0.10 m above the distributor
plate accounting the jet length from the distributor. The
solid particles used in this study were silica sand with a
mean diameter of 240 pm and an apparent density of
2582 kg/m?® that is similar to recycling ash in the FBHE

[P}

80

operation [1] in a circulating fluidized bed (CFB). The
properties of sand particles are listed in Table 1.

The schematic diagram of a heat transfer probe is
shown in Fig. 2. The probe (25.4 mm OD) was made of
a copper rod (80 mm-long) in which a 19.4 mm hole
was drilled at the center of the rod to accommodate a

Bl

Ly

i 3 (thickness) /

Lal

Copper rod

resistance heater 25
(>} 50 »l J
Teflon tube
(a) Unit [mm]

optical fiber

Light

(b)

Fig. 2. Schematic diagram of the heat transfer probe (a) inside view, (b) cross sectional view, (c) measurement of bubble fraction.

Thermocouple
junction

Thermocouple
Brass rod
Optical fibers
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resistance heater (16 mm-OD x 50 mm-long). At both
sides of the probe, an 130 mm-long teflon support was
installed to minimize the axial heat loss. A desired
temperature of the copper rod or probe was controlled
by a variable DC power supply. The supplied heat flux is
determined by measuring voltage (V) and current (/) of
the power supplier. Because temperature of the probe
was higher than the bed temperature, heat was trans-
ferred from the probe to the bed, i.e. the opposite di-
rection to that in a real FBHE. To measure the surface
temperature of the probe tube, five thermocouples were
installed around circumference of the probe tube at five
different positions at an angle of 45 to one another as
shown in Fig. 2(b). The thermocouples (fast response
probe) are T-type with a bead of 0.13 mm-OD. The
details of the thermocouple installation on the probe
tube surface can be found elsewhere [4]. The heat
transfer probe was located at the center of third row as
shown in Fig. 1. The bubble properties were longitudi-
nally uniform at the row as found in a previous study [9]
at that location. Temperature signals from the thermo-
couple were amplified and sent via an A/D converter to a
PC for recording. The sampling interval of signals was
selected at 8 ms (125 Hz) [3] and signals were collected
during the sampling time of 50 s for each experimental
condition.

In this study, a transmission type of optical probe
[10], which yields high signal-to-noise ratio with mini-
mum disturbance in gas—solids flow compared to other
methods [11], was used to detect the bubble and emul-
sion phase behavior simultaneously with the measure-
ment of heat transfer coefficient. With the probe, only
existence of bubble or emulsion phase can be detected.
As shown in Fig. 2(c), an optical probe was constructed
from two optical fibers (500 pm-OD), which were stuck
to the tube surface in straight lines parallel to the tube
axis. In the probe, one fiber was a light projector from a
light source of a helium-neon laser (17 mW), and the
other opposite site was a receiver of the transmitted light
during bubbles passed the probe tips. The receiver was
connected to a phototransistor, an amplifier, an A/D
converter and PC. The sampling interval of signals was
selected at 2 ms (500 Hz) and signals were collected
during the sampling time of 28 s. Temperature signals
were simultaneously collected with the same frequency
of the optical signals at the same point. The heat transfer
probe was allowed to rotate to change angle of the
measuring position. The superficial air velocity (U,) was
varied in the range of 0-0.20 m/s. The bed height was
kept at 0.37 m for all the experimental conditions.

3. Data analysis

The local heat transfer coefficient (/#;) can be deter-
mined from the known power input [voltage (V) x

current (/)], surface area (4ype) of the heat transfer tube
and the measured temperatures of tube surface (7;) and
the bed (7;,) as

0 /4
h; = = 1
Alube(Ts - Tb) Alube(Ts - Tb) ( )

The average heat transfer coefficient for the whole tube

(havg) s calculated by

hige + 2h 450 + 2hoe 4+ 2h_g50 + h_oge
8

Pave = 2)
The signals from the optical fiber probe can be separated
into bubble or emulsion phase based on the reference
values [12]. With the contacting time of bubble (B;) and
emulsion phases (E;), the root-square-average bubble
and emulsion phase contacting time can be calculated
from the following relations [2,6]

2 2
ty = {ﬁ] and f. = [ 2L ] (3)

S B2 S E?

The ¢, is required as an input data to the heat transfer
model based on the packet model to predict 4, [6].

The bubble and emulsion phase fractions are given
by

Sn = Z:Izl Bi
® ™ total sampling time
. i Ei
be _ Zl—l (4)

"~ total sampling time

The bubble or emulsion phase frequency is determined
by the number of each phase per unit time at the probe
tip as

number of bubble or emulsion

Jo or fo = (%)

total sampling time

4. Results and discussion

4.1. Bubble and heat transfer characteristics at the tube
surface

The effect of gas velocity on the average heat transfer
coefficient (h,y,) is shown in Fig. 3. As can be seen, /iy,
exhibits a maximum value (394 W/m*>K) at U, of 0.13
m/s (2.7 Uye). The qualitative dependence of A, on U,
is in agreement with the reported values in previous
studies [3,13]. To predict the maximum bed-to-surface
heat transfer coefficient (/,,.x ), Zabrodsky [14] proposed
a dimensional correlation for Geldart’s group B parti-
cles as

I = 35.8p02K25, 0% (6)

As can be seen in Fig. 3, his correlation predicts well the
obtained value of /iy, in this study. The /., at U, below
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Fig. 3. Effect of gas velocity on the average heat transfer co-
efficient.

minimum fluidization velocity (Uyr) exhibits somewhat
higher values than #,,, in a packed bed due to local
fluidization. Local bubbles are observed due to the local
increase of U, between the tubes at U, below Uy, so that
the bubble motion enhances /,y,.

The local time-averaged heat transfer coefficients (4;)
at all the angular positions with variation of U, are
shown in Fig. 4. The A; exhibit their maximum value at
the side (0°) of the tube. With increasing U,, /; increases
due to increasing replacement of packets of particles at
the tube surface. The 4; exhibits higher values at the
lower than higher positions of the tube. An increase in
U, produces a greater effect on 4; for the top and bottom
portions of the tube [3] as observed by Khan and Turton
[15] in the high temperature beds. Around the tube
surface, three different particle motions can be identified
[2,3] as: (1) stationary with no particle movement at low
U,, (2) sliding of particles along the surface (3) mixing of
emulsion and bubble phases. The maximum values of
the heat transfer coefficient are observed at the bound-
ary between sliding and mixing motions of particles [2].
Particle motions adjacent to a tube have a direct relation
with bubble motion that may affect heat transfer in the
bed. Therefore, it is important to understand the rela-
tionship between the heat transfer and bubble charac-
teristics.

The local instantaneous surface temperatures and
signals from the optical probe measured simultaneously
at five different locations around the tube at U, = 0.13
m/s are shown in Fig. 5. The peaks in signals from the
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3 —O0— 0.110 |
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0 w : ‘
-90 -45 0 45 90

Angular position [ degree ]

Fig. 4. The local time-averaged heat transfer coefficient for all
angular positions at different gas velocity.

optical probe indicate the presence of bubbles [10]. In
the bottom regions (0°, —45°, —90°) of the tube, the
peaks by bubbles correspond well to the variations of
instantaneous temperature as reported in a previous
study [16]. It means that the bed-to-surface heat transfer
can be directly related to the particle motion induced by
bubbles. The variation of temperatures at the +45° lo-
cation is affected by bubble motion, together with sliding
motion of solids to 0° location of the tube as reported in
previous studies [2,3]. At the top of the tube (+90°), the
variation of surface temperature with time is minimal
compared to the other locations since we can see that
only one bubble was detected in the given time interval
with variation of bed temperature. If the heat transfer
mechanism is governed by the particle packet move-
ment, fluctuation of the heat transfer coefficient on the
top of the tube may be small since solid particles or
packets are less influenced by bubbles. However, the
particles on the top of the tube could be replaced by
fresh particles due to the movement of nearby passing
bubbles or due to the downward sliding of unstable
stagnant particles on top of the tube.

The local time-averaged heat transfer coefficient,
bubble frequency and fraction of bubble or emulsion
phase at different angular positions of the tube are
shown in Fig. 6. The emulsion fraction is low at the
bottom region of the tube and increases with increasing
the angular position. The heat transfer rate between a
tube and a fluidized bed depends on the particle con-
centration close to the heat transfer surface and particle
residence time at the tube surface [13]. The larger values
of A; could be obtained with shorter residence time of
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Fig. 5. Local instantaneous surface temperatures and optical
probe signals measured simultaneously at the different angular
locations around a tube (U, = 0.13 m/s).

particles or packets with higher solid holdups. The
particle residence time on the tube surface depends on
the replacement rate of solid packets by bubbles. In the

U,=0.126 m/s
H=0.24m

Bubble frequency [ number/sec ]

Local heat transfer coeff.

Bubble frequency

Averaged heat transfer coefficient [ W/m?K ]

Emulsion fraction
Bubble fraction

Bubble and Emulsion phase fraction [ - ]

-90 -45 0 45 90
Angular position [ degree ]

Fig. 6. The local time-averaged heat transfer coefficient, bubble
frequency and bubble or emulsion phase fraction at all angular
positions.

top region of the tube, 4; exhibits low value since solid
particles reside longer on top of the tube with lower
bubble frequencies. In the bottom region of the tube, #;
exhibits higher values due to short residence time with
vigorous bubbling having high frequency in spite of
lower emulsion fraction or solids holdups. Specially, #;
at side of the tube exhibits a maximum value due to
short residence time of emulsion phase by bubbles rising
from the tube bottom and sliding of particles from top
section of the tube, which may produce more vigorous
solids mixing having comparatively higher solids hold-
ups [2].

The effect of gas velocity on bubble frequency (f3) at
the different angular positions is shown in Fig. 7(a)
where f, increases with increasing U,. As expected, f; at
the bottom region (under 0°) is higher than that at top
region of the tube. As U, is increased, bubbles are ob-
served at top region of the tube (+45° location). A large
distorted bubble passes without splitting between two
tubes at higher gas velocities [9]. The contacting of the
distorted bubble and solids sliding at that location lead
to an increase in A4; (Fig. 4).

The relationship between f;, and the local heat
transfer coefficient (4;) is shown in Fig. 7(b). As can be
seen, A; increases with an increase in f;, that leads to
increase in replacement rate of solid packets and solids
mixing in the bed.
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Fig. 7. (a) Effect of gas velocity on bubble frequency at different
angular positions, (b) effect of bubble frequency on the local
heat transfer coefficient.

The effect of U, on emulsion contacting time (z.) at
bottom regions of the tube is shown in Fig. 8(a). As can
be seen, f. decreases with increasing U, due to the in-
crease of bubble frequency. Also, the relationship be-
tween f, and %; at bottom regions of the tube is shown
in Fig. 8(b). As expected, 4; decreases with increasing f,
due to the reduced solids mixing [13]. At higher bubble
frequencies, ¢, would decrease, which provides higher
surface renewal rate with higher solids mixing and
consequent increase in #;.

1.0
09 [ ] 0 deg.
— O -45deg. °
E‘ 08 O -90deg.
-0—40’
s 07r
£
o 06
£
k3]
]
£ 05
8
(]
2 0.4+
Ny
[=%
5 osf °
[}
2
5 oar
0.1+
0.0 . . . . . . .
0.00 002 004 006 008 010 012 014 0.16
(a) Gas velocity [m/s]
500
[ J
450 -
— O m
X
£ 400 °
= o
— 350 | °
<
£
@ 300 -
S} o
=
8 250
o
9]
‘@ 200
c
g
=
T 150
2
- [ J 0de
T 100 - 9
S O -45deg
50 O -90deg.
o \ \ \ \
0.0 0.2 0.4 06 0.8 1.0
(b) Emulsion phase contacting time, t, [ sec]

Fig. 8. (a) Effect of gas velocity on emulsion contacting time at
tube bottom, (b) effect of emulsion contacting time on the local
heat transfer coefficient.

4.2. Prediction of heat transfer coefficient

Theoretical models have been proposed to estimate
the heat transfer coefficient between the submerged
tubes and fluidized beds [2,17-22]. One of the oldest and
most widely accepted models is the packet renewal
model [17,18]. In this model, as in many of the other
models, residence time of the packets (emulsion) at the
heat transfer surface is assumed to govern the heat
transfer process. During the emulsion phase contact
with the heat transfer surface, the heat transfer rate
decreases with time due to the effect of the thermal
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penetration depth, as in a semi-infinite solid. The model
describes that the average heat transfer rate of the
emulsion phase is dependent upon contact time of the
emulsion phase.

The predicted time-averaged local heat transfer co-
efficient can be expressed as [17,18]:

2 1
h,- = (1 — 5b)ﬁ\/kepece\/—t_+ (Sb]’lg (7)

To determine %; from Eq. (7), the values of bubble
fraction (J,) and emulsion contact time (z.) are needed
[2,18,21]. The correlations to predict #; in the bed of
vertical tube system have been proposed [22], however, it
is difficult to apply the correlations to the bed of hori-
zontal tube system since bubble dynamics and heat
transfer characteristics are affected by orientation of the
tube surface in a fluidized bed [21]. Moreover, the cor-
relations to predict d, and ¢, are comparatively sparse
in the beds of horizontal tube system.

The obtained J, values at the tube bottom region
(<0°) in present and previous studies [6,23,24] are
correlated with Froude number based on the study of
Baskakov et al. [22] as

d —0.23
Pg 8
)2:| (3)

O0p =019 ————
Une(Us/ Ui — 4

where 4 = 1 — (projected tube area/bed area) that de-
scribes the local formation of bubbles between tubes at
gas velocity below Up.

Comparison of d;, values from Eq. (8) and the ex-
perimental data in the present and previous studies
[6,23,24] is shown in Fig. 9 with the correlation of
Baskakov et al. [22] for a vertical tube system.

Also, the obtained z. values at bottom region (< 0°)
of the tube in the present and previous studies [2,6] are
correlated with Froude number [22] as

0.30
dyg (dp>0.225 (9)
Ur%lf(Ug/Umf _A)z D

Comparison between Eq. (9) and the measured ¢, is
shown in Fig. 10 with the correlation of Baskakov et al.
[22] for vertical tubes and the data of previous studies
[2,6].

To calculate h;, the values of thermal conductivity,
density and heat capacity of emulsion (packet) and the
heat transfer coefficient of gas (4,) are needed with the
knowledge of J, and ¢.

The packet density can be calculated by

Pe = (1 - ‘Se)ps (10)

t. = 1.20

where ¢, is voidage of emulsion (packet) phase.
The correlation of ¢, in vicinity of the heat transfer
tube in a fluidized bed is employed for considering the

d D
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240 254  This study
245 29.0 Chandran & Chen [6]
700 20.0 Olssonetal. [23]
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o
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—— 0.19 -0.23 This study
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0.01 0.1 1 10
d,9AU, AU, U, AP) [-]

Fig. 9. Prediction of bubble fraction at the tube surface.
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Fig. 10. Prediction of emulsion contacting time at the tube

surface.

particle-tube contact geometry based on a previous
study [21] as

(1 = &mr) [0.7293 + 0.5139(d, /D)]
1+ (dy/D)

ge=1—

(11)
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Since the fluidizing medium is gas, its heat capacity can
be neglected relative to that of solids. The heat capacity
of packets (C.) is assumed to be equal to the heat ca-
pacity of solid (C,s) [18]. In the theoretical calculation of
the heat transfer coefficient in this study, the emulsion
packet conductivity is taken as [25]

ke = ek, + (1 —ee)ks{ ! } (12)

by (ks/ke) +2/3
where ¢, is equivalent thickness of the gas film around
the contact points between particles [25].
The h, is obtained from the correlation of Baskakov
et al. [22] as
ky
hy = 0.009 < d—"

p

)ArO.SP’,O.B (13)

The h; can be calculated from Egs. (8)—(13) in conjunc-
tion with Eq. (7).

The heat transfer coefficient depends on orientation
of the heat transfer surface in fluidized beds [21,25]. As
can be seen in Figs. 5-8, the emulsion contacting with
the tube wall is different at top and bottom regions of
the tube. This behavior around the tube has been sub-
stantiated by the measurement of local heat transfer
coefficients [26]. Therefore, the packet model cannot be
applied to the top section where direct bubble contacting
is scarce compared to the bottom section of the tube. In
this study, the top section regions (+45° and +90°) of
the tube are assumed to be occupied by emulsion phase
and the heat transfer in this region is governed by the
movement of emulsion phase due to the movement of
nearby bubbles. The #,,, values at the top sections of the
tube in the present and previous [3] studies (Table 1)
have been correlated with the dimensionless numbers
based on previous studies [21,25] as

Nty = 47.56R" P33 (D/d,) " (Cos/Coe) " (14)

with a correlation coefficient of 0.92 and a standard
error of estimate of 0.70. The range of variables in Eq.
(14) covers 0.97 <Re<12.56, 93.46<D/d,<157.73,
0.67 < Cps/Cpg <0.79 and Pr = 0.71.

The calculated Nuy,, values predict the experimental
data of the present and previous [3] studies (Table 1)
within £20% as shown in Fig. 11.

Finally, Eq. (7) of the packet model is applied to the
calculation of £,,, at the bottom section of the tube (0°,
—45°, —90°), and Eq. (14) can be used for top section of
the tube. The A, of the entire tube can be calculated by
Egs. (7) and (14) in conjunction with Eq. (2).

To estimate /4; with the immersed surface in a gas-
fluidized bed, heat transfer behavior in the bed of small
particles differs from that of larger ones in a qualitative
sense due to the different predominant mechanism [21].
Therefore, in this study, the prediction of A, is limited
to the smaller particles (d, <535 pum) that cover the

10

/
//
9 +20 % /
// v

8 r / p
—_ /7 ¥Y s
' / s
— 7F v Ve

s })& v

2 6 / AA -
5 / 77 L20%
® / & AA
e 5r // <& e
g s o -
hel 4+ (') ya
o ) P
2 A e
S 3r / <
(] / - .
= Y, // ® 240 um Sand This study

2k // /b/o O 317 umsand

Yyl ¢ 483umsand  Sunderesan &
1r //// A 535 um abrasive Clark [3]
// V 467 um glass bead
O 1 1 1 1 1 1 1 1 1
0 1 2 3 4 5 6 7 8 9 10

Calculated values of Nu,,, [ -]

Fig. 11. Comparison of Nusselt number in tube top section
obtained by the correlation and the experimental data.

ranges of correlations on f;, and ¢, and the bed material
in FBHE [2] for CFB application.
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Fig. 12. Comparison of the average heat transfer coefficients
obtained by the proposed model and the experimental data.
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Table 2
Mean percentage deviation between predicted and experimental A,
Author Correlations S 5,
Gelperin et al. [29 6 \1"¥ (1= (D 21.2 30.3
’ 2 N =438 ot ()| () (2)
Petrie et al. [30] Nur = 14(G/Gur) P53 (D) dy) 338 432
) o 5 70326
Andeen and Glicksman [31] Nur = 900(1 — pe)[ pgﬁ ) (d;:ﬂg)] 03 397 453
303
0.325
Grewal [32] Nur = 47(1 — &) KG"f) (d_;’;g)] 25.7 313
/2 0.23 : :
<7ﬂ e ) o3 (1 0.21(P/D)" ”5> with
043\ 173
= G
fo=ar| 04+ (4 <ds<»g(wg)>¢zg> )
i 5 3
This study Baye = 2 J—— 2 hrop 11.2 13.6
h = ) 2 Vk ! + Oph
bottom — b \/ﬁ epcce \/t—c bllg

Nump = 47.56Re°'43Pr°'33 (D/dp)*0r74(cps/cpg)71,(,9

o) =

N
i=1

100
N

prediction—experimental | ,
experimental >

100\/ Y

The A, values measured in the present and previous
studies [3,28,29] are compared with the calculated values
from Eq. (2) as shown in Fig. 12. As can be seen, the
calculated /,,, values predict the experimental data of
the present and previous studies [3,27,28] within +20%
(Table 1).

A comparison between the calculated values of /,,
from the correlations in the literature [29-32] and the
experimental values from the present and previous
studies [3,27,28] is shown in Table 2. As can be seen, the
present model based on the packet renewal model and
the solids behavior around the tube predicts the /i,
values most accurately compared with the values from
the reported correlations [29-32].

experimental

5. Conclusions

The effect of gas velocity on the average and local
heat transfer coefficients between a submerged hori-
zontal tube and the fluidized bed has been determined in
a FBHE. The average heat transfer coefficient increases
with increasing gas velocity toward a maximum value of
the coefficient. The local heat transfer coefficient exhibits
a maximum value at the side of the tube. The bubble
frequency increases and the emulsion contacting time
decreases with increasing gas velocity. The bubble frac-
tion exhibits higher values and the emulsion-contacting
time is shorter at the bottom compared to the top sec-
tion of the tube. The local heat transfer coefficient in-
creases with an increase in bubble frequency and a
decrease in the average contacting time of emulsion

preduuon experimental

-l

phase. The average contacting time of the emulsion
phase and bubble fraction have been correlated with
Froude number. The calculated average heat transfer
coefficient in the bed of small particles from the pro-
posed model based on the packet renewal model and the
emulsion contacting characteristics around the tube ac-
cords well to the experimental data.
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